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Abstract. Syngas production in Gas-to-liquid (GTL) process is focused in past by several researchers to increase the

production with minimal capital and operating costs. In this study, syngas production process is simulated and
optimized to increase its production and the economic analysis is studied for the proposed optimized process. Aspen
HYSYS v8.4 is used for all process simulation work in this article. A new configuration is rigorously simulated while
using auto-thermal reforming. Results exhibit a tremendous rise in production of syngas.

1 Introduction

The gas-to-liquid (GTL) technology has gained much
attraction due to recent rise of crude oil prices. Many
energy related companies have shown their interest in
gas-to-liquid technology in recent .time and as a result
many large scale industrial facilities are producing
synthetic oil by using natural gas. The natural gas
reserves are being utilized now to be converted to useful
liquid products by using GTL process [1]. Franz Fischer
and Hans Tropsch developed the FT (Fischer Tropsch)
process which acts a key role to convert syngas into range
of hydrocarbons [2], [3]. In industry, syngas can be
produced by different methods; partial oxidation, dry
reforming and steam methane reforming while the
combination of two or more aforementioned processes
can also be utilized for production of syngas e.g
autothermal reforming (ATR), tri-reforming, gas heated
reforming (GHR) [4]. The raction rate and the overall
conversion is higher in ATR than the steam reforming
process due to that fact that the exothermic combustion
reactions occur in the ATR reactor [5-7]. A mixture of
CO, H2, CO2 with traces of some unconverted
components are obtained as a result of all reforming
technologies. ATR technology is most used method as it
produces the H2/CO ratio of 2. Hence, the ratio produced
and process conditions match well with the FT reactor.
The overall reaction rates in ATR are also better than
other reformer types. ATR process is usually considered
favorable for production of synthesis gas. Synthesis gas
in the desired range can be produced by using ATR.
Moreover, the floating production facilities prefer ATR
due to its compact size. In recent time, ATR technology
is being operated by various license holders like Haldor
Topsie and Linde.

The other useful process for producing synthetic gas
is stream reforming which has a long history of being
used in process industries. It has advantage over other

processes that it uses steam for production of carbon
monoxide, carbon dioxide and hydrogen. The other
processes consume oxygen as an external utility for
conversion of natural gas and the use of oxygen leads to
environmental hazards. The use of technologies like ATR
and partial oxidation also leads to carbon deposition,
safety issues and catalyst destruction [8]-[10]. Another
advantage of steam reforming can be in the form of
hydrogen produced in the process which can be further
consumed in the upgrading step of GTL process.

2 Process description

Autothermal reforming of natural gas produces range of
syngas composition due to which it is considered useful
in the gas to liquid applications. An improved design of
autothermal reforming process is proposed and its
optimization is done to make it more economical. The
production of syngas is increased and two cases are
compared on the basis of different configurations.

The partial oxidation and steam methane reforming
reactions [11, 12] occur in ATR process. The reactions
are shown below:

CH4 +1502 < CO+2H20 (1)
CH4 + H20 « CO +2H2 )
CO+H20 « CO2+H2 3)
CH4 +2H20 « CO2+4H2 (4)

The Kinetics applied for the catalytic reforming
reactions are taken from Xu and Froment [13]. The
simulation of the syngas production process is run by
Aspen HYSYS v84. Fig. 1 depicts the process
simulation of the syngas production process with
recycling technique and heat integration. While Fig. 2
shows the conventional design for synthesis gas
production. For simulating the process, Peng-Robinson
[14] property package is utilized in Aspen HYSYS

© The Authors, published by EDP Sciences. This is an open access article distributed under the terms of the Creative Commons Attribution

License 4.0 (http://creativecommons.org/licenses/by/4.0/).


http://creativecommons.org/licenses/by/4.0/

MATEC Web of Conferences 69, 07001 (2016)
ICCPE 2016

DOI: 10.1051/matecconf/20166907001

simulator. In the proposed design (Fig. 1), natural gas and
steam are introduced at temperature 400 °C and 300 °C,
respectively, while the pressure in this design is 25 bar.
PFR-100 is reformer, while X-100 and X-101 are

hydrogen removal unit and CO removal unit, respectively.

For reactor, PFR model is utilized and the product stream
from reactor leave at temperature 715 °C and pressure
2500 kPa. A process to process heat transfer method is
also utilized in this design to make this process optimized
unlike previously proposed designs in literature. Hence,
temperature for stream 3 and oxygen stream is raised up
to 598 C and 200° C, respectively. After the partial
oxidation, natural gas is introduced to reformer where it
is converted to syngas. In this work, conventional GTL
process is coupled with the recycling technique which
includes recycling of tail gas to auto-thermal reformer
due to which the molar flows of the syngas are increased
while the H2/CO ratio still remains same as 2.
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Figure 1. Autothermal reforming process for syngas production
with tail gas recycled (optimized design)

Figure 2.Autothermal reforming process for synthesis gas
production with conventional design
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Figure. 3. Reactor length vs molar flows and temperature

In proposed design (Fig. 1), Hydrogen is recovered as
bottom product of X-100 unit while the carbon dioxide is
recovered in the bottom of X-101 unit. The product
stream from the combustion reactor leaves at 1109 °C and
it enters PFR. The conversion of methane in PFR results

into 98% and the product stream from PFR is at high
temperature i.e 715.6 °C. A different configuration is
proposed to cool down this stream and two heat
exchangers are utilized in the process. The process with
and without heat exchangers are simulated and the
economic aspects of both processes are analyzed. The
recycled tail gas mainly constitutes unconverted methane,
hence, the recycling provides an increased production in
an optimized design. The recycling technique is proposed
to increase the volumetric production of syngas. A
conventional process is also designed and its production
and operating costs are analyzed.

0.6

0.5

n 0.4
—e—H2 co

0.3

0.2

01 TR

o] 2 4 6 8 10 12
Reactor Length, m

Comp. Prod. Rate
(kgmole/m3-s)

Figure. 4. Reactor length vs comp. prod. rate
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Figure 5.Reactor length vs compositions of components.

It can be observed that the conventional design is
utilizing external hot steam to meet the energy
requirements. Hence, the capital cost and operating cost
of the system get increased while using conventional
design for syngas production by autothermal reforming
process. Feed temperature is increased because of the
high temperature requirement in the reactor. Oxygen feed
is also heated upto 200 °C for process requirement.

3 Results and discussions

The desired composition of syngas is produced and
optimization is done for whole process. Fig. 3, 4 and 5
show the relation of molar flows, temperature, reaction
rates and mole fractions of different components with
varying reactor length. Fig. 3 explains the relation of the
temperature and molar flows along the reactor length.
The temperature along the reactor decreases as the length
of the reactor increases. While the molar flows show a
direct relation towards the reactor length. Hence, the
reactor length plays an important role for the operating
conditions of the process. Fig. 4 exhibits the relation of
the product component rates along the reactor length.

The optimization work is done to optimize the
operating conditions of the process. Furthermore, the



MATEC Web of Conferences 69, 07001 (2016)
ICCPE 2016

DOI: 10.1051/matecconf/20166907001

fixed capital cost can also be decreased by using
optimization techniques. The small reactor length shows
the high flow rates for the product components while
increasing the reactor length will results into less flow
rate of the product components. As the process deals with
components like hydrogen, carbon dioxide, methane,
corbon monoxide and water, there is a need to optimize
the reactor length for all these compoents. The Fig. 5

demystifies the effect of reactor length on compositions
of all the componets dealt in the process. Hydrogen and
carbon monoxide exhibit a direct relation to the reactor
length while the other components’ composition get
decreased as the reactor length increases. Table 1 shows
optimziation work for the effect of reactor length on
temperature and Table 2 exhibits the simulation results
for the compositions of all components in reactor.

Table 1. Optimization work for reactor length vs temperature

Reactor length (m) | methane
0.26 3.50E-02
0.80 2.32E-02
1.33 1.74E-02
1.86 1.40E-02
2.40 1.17E-02
2.93 1.01E-02
3.46 8.93E-03
4.00 8.04E-03
4.53 7.35E-03
5.06 6.80E-03
5.60 6.37E-03
6.13 6.03E-03
6.66 5.75E-03
7.20 5.52E-03
7.73 5.33E-03
8.26 5.18E-03
8.80 5.05E-03
9.33 4.95E-03
9.86 4.86E-03
10.40 4.79E-03

hydrogen | CO, | CO | H,0O
0.22 0.21 | 0.14 | 0.38
0.24 0.19 | 0.16 | 0.37
0.25 0.19 | 0.16 | 0.36
0.25 0.19 | 0.17 | 0.36
0.26 0.18 | 0.17 | 0.36
0.26 0.18 | 0.17 | 0.36
0.26 0.18 | 0.17 | 0.35
0.26 0.18 | 0.17 | 0.35
0.27 0.18 | 0.18 | 0.35
0.27 0.18 | 0.18 | 0.35
0.27 0.18 | 0.18 | 0.35
0.27 0.18 | 0.18 | 0.35
0.27 0.18 | 0.18 | 0.35
0.27 0.18 | 0.18 | 0.35
0.27 0.18 | 0.18 | 0.35
0.27 0.18 | 0.18 | 0.35
0.27 0.18 | 0.18 | 0.35
0.27 0.18 | 0.18 | 0.35
0.27 0.18 | 0.18 | 0.35
0.27 0.18 | 0.18 | 0.35

Table 2. Compositiions for all components vs reactor length

Reactor Length (m) | 0.26 0.80 1.33 1.86

2.40

2.93 3.46 4.00 4.53 5.06 5.60

Temperature (C) 890.23 | 823.26 | 790.23 | 770.17

756.79

747.31 | 740.30 | 734.97 | 730.86 | 727.61 | 725.03

The heat supplied from external sources is optimized
to make the process energy efficient. The process to
process heat transfer shows promising results in
optimization procedure. The heat exchangers E-103 and
E-100 are utilized in simulation of whole process to
exchange heat with the process streams. Hence, the
external steam requirements are tremendously decreased.
The process to process heat transfer and heat integrations
have been studied by various researchers in past literature
[15], [16]. The heat integration can be done by using heat
pumps or by using process to process heat transfer. A
heat pump can be added to the system which increases
the heat quality provided to reboiler. The heat pump can
be absorption heat pump or mechanical heat pump.
Mechanical heat pump makes use of vapor recompression
technique which is very efficient way to save external
steam and hot utilities. The product stream pressure can
be increased by the compressor which provides heat to
the process streams. But the use of compression system
increases the overall cost of the system and hence it
makes process economically unattractive. Hence,
compression system is not used in this work and the heat

exchangers are utilized to exchange the heat within the
process.

The heat exchanger E-103 is utilized to increase the
temperature of the feed stream from 348.1°C to 598.1°C
and this heat stream 4 is then fed to the reactor. While the
other heat exchanger E-100 is utilized to heat up the
oxygen feed from 20°C to 200°C. The stream 5 which still
has the high heating potential is then used to heat up
oxygen feed in E-100. As a result, temperature of stream
5-a is decreased.

In this work, the production rate of syngas in the
designed process is found out to be approximately 11570
kgmol/h. After sizing and mapping of all equipments,
economic evaluation is also done and objective function
is defined to analyze economics.

An objective function is defined to analyse the
economic aspects of both designs and the profit. The
mathemical formulation representing objective function
is given in equation 5.

Objective function = PR —RM — Ut - CD %)
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Product revenue (PR), described in equation 5, is the
price of the product recovered in the product stream and
it is defined in equation 6.

P
Product revenue = Z pmd”C'F product (6)

where P is the price of the product in product stream and
F is the flow rate of the product. Raw material RM cost is
used in the objective function and it is defined in equation
7.

F

C, ,
Raw material cost = Z Jeed ™ feed (7

Equation 7 defines raw material cost as the product of
cost of feed components and the flow rate of feed
components.

Furthermore, Utility cost is another important factor
which is considered in the economic analysis. The utility
cost is cost of the steam and cold water used in the
process. As the optimization work is done in this
simulation study, cost of steam is optimized and the
requirement of steam and cold water is decreased as

much as possible. The utility cost is defined in equation 8.

Z CUtility (8)

Equation 5 makes use of capital depreciation CD
which is defined as the product of the capital cost of the
equipment and the depreciation factor. The depreciation
factor is found from the Aspen HYSYS economic

Utility Cost =

analyzer and the CD is found by using following equation.

C .
Capital depreciation = Z eq“’p’”e”rD 9

Where C is the cost of the equipment and D is
depreciation factor.

Economic evaluation of the syngas production
process is done by using Aspen HYSYS Process
Economic Analyzer. First, all the equipment are sized and
mapped according to the process conditions. Economic
analysis is done for the optimized processes and the
optimized variables are first fixed in the simulation flow
sheets.

The conventional process exhibits the project capital
cost of 1.96E+06 USD and operating cost of 1.44E+06
USD/year. The total utilities consumed in this design cost
up to 4.9E+05 USD/year. Electricity requires 4.05
USD/hour while steam needed in the process costs 51.72
USD/hour. The optimized process (Fig. 1) is the solution
for high steam cost and this design does not use external
hot steam for process requirements. The economic
analysis shows that the conventional process is very
expensive than the optimized model using recycling and
heat integration. The project capital cost and operating
cost of optimized design (Fig. 1) is found to be 1.26E+06
USD and 9.14E+05 USD/year, respectively. The desired
rate of return in this design is found out to be 20
percent/year. For calculating capital depreciation, the
depreciation factor found in economic analysis is
2.5E+05 per year. The depreciation factor is calculated by
straight line method.

The maintenance cost and operating labor cost are the
major factors which are needed in economic analysis. In
the optimized process, the operating cost and the
maintenance cost are found to be 1.94E+03 USD and
4.82E+05 USD, respectively. Moreover, the insulation
cost, contingency and the instrumentation costs are
calculated to be 2.30E+04, 2.45E+05 and 1.61E+05 USD,
respectively.

As the heat integration has also been applied in the
process, there is no usage of external steam to heat up the
streams. All the heating requirements are met within the
process by process to process heat transfer. Hence, the
external utility includes only electricity and cooling water.
Electricity consumption costs 4.05 USD/hour while the
cooling water costs 785.82 USD/hour in the designed
process for syngas production. The objective function is
used to compare the profit of the process with and
without heat integration and the process with heat
integration exhibits more profit.

In this study, aspen HYSYS simulations of different
configurations, optimization work and economic analysis
are performed. The optimized model using recycling
techniques and heat integration exhibit 14% more profit
than the process without recycle streams and heat
integration. Hence the operating cost can be decreased by
the proposed design in this simulation study.

4 Conclusions

A design for autothermal reformer for GTL process is
developed alongwith optimizations to make the process
economically favorable. Simulation of conventional and
optimized design is done for syngas prodcution. Tail gas
recycling configuration gives the most optimized process
design with H2/CO ratio of 2. The recycling method used
in this study increases the production of the syngas.
Process to process heat transfer is also done to optimize
the utility requirements and the results show that the
proposed model requires less utilities than the designs
proposed in previous literature. The economic aspects of
the process are utilized too and it unveils the total
operating cost and total capital cost of the process. The
proposed design using recycle technique and heat
integration exhibits 14% more profit than the
conventional design. Moreover, the volumetric
production of syngas has been improved in this work.
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